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In this work, the successful application of spatially resolved measurements in an optically accessible cat-
alytic plate reactor was demonstrated, which allows the detailed investigation of the reaction kinetics of
the exothermic CO methanation reaction with high initial CO partial pressure. By means of a movable
sampling capillary, the axial gas species concentration profiles over the catalyst plate were measured,
and the catalyst surface temperature was determined simultaneously along the reactor through a quartz
glass window by means of infrared thermography. A one-dimensional model of the catalytic plate reactor
and a Bayesian approach were applied to estimate the kinetic model parameters of the proposed Lang-
muir–Hinshelwood rate expressions by comparing simulated and measured gas concentration profiles.
The validity of using a computationally efficient one-dimensional model was proven by solving a two-
dimensional model using the kinetic parameters determined with the one-dimensional model and by
comparing the two results.

� 2010 Elsevier Inc. All rights reserved.
1. Introduction

Modeling and simulation of chemical reactors is advantageous
as it allows to easily study the influence of the operation conditions
on the reactor performance, while the experimental work is lim-
ited to validation experiments. A high quality of the model predic-
tion can only be obtained if all relevant processes in a chemical
reactor and their interactions are represented adequately. Besides
hydrodynamics, heat and mass transfer, a proper description of
the reaction kinetics is necessary. For strongly exothermic and fast
reactions, the determination of accurate kinetic parameters can be
a challenge, especially when these reactions are part of a reaction
network. The complete hydrogenation of CO to methane, also
known as methanation reaction, in the presence of higher CO con-
centrations is an example for such a system (Rx 1–3).

3H2 þ CO$ CH4 þH2O DH0
R ¼ �206:28 kJ=mol ðRx1Þ

COþH2O$ CO2 þH2 DH0
R ¼ �41:16 kJ=mol ðRx2Þ

2CO$ Cþ CO2 DH0
R ¼ �172:54 kJ=mol ðRx 3Þ

The methanation reaction, its thermodynamics, elementary
mechanism, kinetics, and catalyst deactivation mechanisms have
been investigated intensively since in 1902 Sabatier and Senderens
[1] found that nickel and other metals (Ru, Rh, Pt, Fe, Co) catalyzed
this reaction. Important findings are summarized in [2–7].
ll rights reserved.

ildhauer).
The heterogeneously catalyzed methanation is important in
two main industrial applications: (1) removal of traces of CO in
hydrogen-rich gases, i.e., for the ammonia synthesis and (2) con-
version of synthesis gas to a methane-rich fuel with a high heating
value, so called synthetic or substitute natural gas (SNG). In the lat-
ter case, the synthesis gas produced by the gasification of solid
fuels may contain, besides high amounts of H2 and CO, also CO2,
H2O, CH4, and higher hydrocarbons. Coal to SNG, developed in
the 1960s to the mid 1980s, is an established industrial process,
while recently a sustained effort has been made to convert biomass
feedstock into SNG via biomass gasification followed by methana-
tion of the synthesis gas [8].

Due to the high CO concentration, two other independent
reactions (Rx 2) and (Rx 3) are important in the methanation
of biomass-derived synthesis gas, besides reaction (Rx 1). If the
stoichiometric ratio of the reactants H2/CO is at least three or
more, carbon monoxide reacts with hydrogen mainly to methane
and water according to (Rx 1). However, producer gases from
biomass gasifiers usually have an H2/CO ratio between 0.3 and
2, which is too low for a high CO conversion and long catalyst
lifetime. By means of the water gas shift reaction (WGS, (Rx
2)), the H2/CO ratio can be adjusted by converting CO with H2O
to CO2 and additional H2. The Boudouard reaction (Rx 3) is of
importance, since carbon on the catalyst surface can be consid-
ered as a necessary intermediate during the methanation reaction
but can also lead to catalyst deactivation [9,10]. Methane can also
be formed by hydrogenation of carbon oxides in two other reac-
tions ((Rx 4) and (Rx 5)).

http://dx.doi.org/10.1016/j.jcat.2010.02.008
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Nomenclature

a specific surface area (m�1)
A area (m2)
b width of the catalyst plate (m)
cb,i bulk gas concentration of species i (mol m�3)
cs,i concentration on the catalyst surface of species i

(mol m�3)
Ca Carberry number (–)
Dij binary diffusion coefficient (m2 s�1)
Deff,i effective diffusion coefficient (m2 s�1)
Di,mix diffusion coefficient of species i in the gas mixture

(m2 s�1)
DK,i Knudsen diffusion coefficient of species i (m2 s�1)
DaII Damköhler number (–)
dP particle diameter (m)
dpore pore diameter (m)
EA activation energy (kJ mol�1)
DHi adsorption enthalpy of species i (kJ mol�1)
h(xi) catalyst height in interval i (m)
H height of the channel (m)
KGi mass transfer coefficient of species i (m s�1)
Keq equilibrium constant of the water gas shift reaction (–)
Ki adsorption constant of species i (differ)
K0

i pre-exponential factor of the adsorption constant Ki

(differ)
kj rate constant of reaction j (differ)
k0

j pre-exponential factor for rate constant kj (differ)
lch characteristic length (ratio of volume to surface) (m)
Mav molar mass of gas mixture (g mol�1)
Mi molar mass of species i (g mol�1)
m catalyst mass (kgcat)

_nb;i molar flow of species i (mol s�1)
pi partial pressure of species i (bar)
R universal gas constant = 8.314 (J mol�1 K�1)
rj rate of reaction 1, 2 (methanation and water gas shift,

respectively) (mol kg�1
cat s�1)

Ri rate of disappearance or formation of species i
(mol kg�1

cat s�1)
Sh Sherwood number (–)
T temperature (K)
Tref reference temperature (598.15 K = 325 �C) (K)
uav average gas velocity (m s�1)
ux(h) axial gas velocity at height h (m s�1)
wi mass fraction of species i (–)
xi molar fraction of species i (–)
Dxi interval width (–)
x, y co-ordinates (m)

Greek symbols
e void fraction or porosity (–)
g catalyst effectiveness (–)
q density (kg m�3)
hE,j dimensionless activation energy (–)
hH,i dimensionless heat of adsorption (–)
xcat catalyst length density (kgcat m�1)
W Weisz modulus (–)
U Thiele modulus (–)
/P particle sphericity (–)
s tortuosity (–)
mij stoichiometric factor (–)
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2H2 þ 2CO$ CH4 þ CO2 DH0
R ¼ �247:44 kJ=mol ðRx4Þ

4H2 þ CO2 $ CH4 þ 2H2O DH0
R ¼ �165:12 kJ=mol ðRx 5Þ

It has to be noticed that these reactions can be described as a
linear combination of reactions (Rx 1) and (Rx 2). The CO2 metha-
nation (Rx 5) does not occur in the presence of CO [3], which could
also be confirmed by experiments reported in this work (see
Section 3.2).

In the past 50 years, more than 45 papers have been published
regarding the kinetics of CO and CO2 methanation, including the
water gas shift reaction, over different nickel catalysts. However,
in all of these studies only the gas composition at the reactor outlet
for different experimental conditions was measured. By applying
appropriate experimental conditions, the rate of the methanation
reaction could be directly calculated from the conversion of CO
or the exit gas concentration of CH4. Most of the investigators used
a flow reactor with gas recycle (i.e., Berty type) [11–16] or without
gas recycle [17–28] to collect the kinetic data. To avoid an exces-
sive temperature increase due to the exothermic reaction, highly
diluted gas mixtures (>90% inert gas), and diluted catalyst beds
were used, or the reactor was operated as a differential reactor
with a very low CO conversion [20,27]. The flow reactors contained
catalyst amounts of a few hundred milligrams up to several grams
with particle sizes from several lm [19,22] up to 6 mm [11]. In
some cases, the length of the catalyst bed was varied [25]. The
problem with highly diluted gas mixtures and low CO conversions
is the necessity to precisely measure CO and CH4 in the ppmv
range. Klose [11] reported an analytical error of 7% for CO and
CH4, and an even higher value for H2, N2, and CO2. Another serious
limitation of these systems for kinetic studies is the necessity to
reach a gas composition at the exit that is sufficiently far away
from chemical equilibrium.
While these studies relied on measuring the exit gas composi-
tion only, gathering information on gas composition and tempera-
ture profiles along the reactor axis allows the investigation of the
reaction kinetics in much more detail. Spatially resolved measure-
ments of gas species concentrations have already been applied in
several studies for the partial oxidation of methane on a rho-
dium-coated foam at high temperature [29–33] and for the low
temperature autothermal reforming of methane and gasoline using
an earlier version of the catalytic plate reactor in our laboratory
[34,35]. Here, a movable sampling capillary was used to acquire
data along the reactor. Another possibility is the non-intrusive
measurement of the gas composition by applying Raman and Laser
Induced Fluorescence (LIF) techniques [36] in an optically accessi-
ble reactor.

In this study, we demonstrate the successful application of spa-
tially resolved measurements in a catalytic plate reactor to inves-
tigate the influence of different parameters on the methanation
reaction. The kinetic parameters were determined by comparing
measured gas species concentration profiles with those derived
from a one-dimensional reactor model. The kinetics validated by
means of the one-dimensional modeling were applied into a
two-dimensional model to verify the underlying assumption that
the influence of film diffusion is negligible under the studied
experimental conditions.

2. Experimental

2.1. Test rig

A test rig for the determination of kinetic parameters in heter-
ogeneously catalyzed reactions designed by Bosco [35] was used.
For studying the methanation reaction in the parameter space of



Fig. 1. Flow sheet of the catalytic plate reactor set-up.

Fig. 2. Picture of the opened channel reactor with the catalyst plate installed, the
flow straightener, and the movable sampling capillary.
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interest, the setup had to be optimized in some aspects to assure
the data quality necessary for the parameter estimation. The flow
sheet is shown in Fig. 1. The setup consists of mass flow controllers,
heated gas lines, and a water saturator for the supply of reactants,
an optically accessible catalytic plate reactor, a gas-sampling and
analysis section, and an infrared camera for measuring the temper-
ature of the catalytic plate during the experiments. The reactant
gases H2, CO, CO2, CH4, and Ar were fed via calibrated mass flow
controllers (Bronkhorst EL-Flow), and H2O was added by passing
the stream of reactant gases through a thermostatted saturator.
The desired water content in the feed gas was achieved by adjust-
ing the temperature of the saturator for a known system pressure.
With this method, a constant mass flow of water without detect-
able fluctuations could be realized. The complete saturation is as-
sured by applying two water tanks in series. The dry or wet feed
gas was pre-heated and then introduced into the optically accessi-
ble catalytic plate reactor. The product gas was cooled to condense
out the water and then sent to the fume hood.
2.2. Catalytic plate reactor

The catalytic plate reactor itself is a channel flow reactor in
which a metal plate coated with a catalyst is placed and fixed at
the bottom (see Fig. 2). The effective channel is 5 mm high,
50 mm wide, and 130 mm long, and its upper wall is a quartz glass
plate (Herasil�).
The reactor is electrically heated using six heating cartridges
placed in a massive stainless steel block under the metal plate. This
allows a uniform temperature distribution over the whole channel
area. A heated blower is used to heat the upper face of the quartz
plate to assure temperature uniformity within 10 K over the height
of the channel, i.e., in the space between the catalyst plate and the
bottom face of the quartz glass. The earlier version of the channel
reactor did not have this feature and exhibited temperature



Table 1
Coated metal plates used for the kinetic experiments.

Catalyst mass (mg) Coated area (mm2)

Metal plate 1 246 93 � 48
Metal plate 2 225 93 � 48
Metal plate 3 57 73 � 48
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gradients of up to 120 K over the gas channel, which had to be ta-
ken into account in the modeling. By avoiding such a large temper-
ature difference, the modeling could be significantly simplified.

The catalyst surface temperature is determined by means of IR
thermography. The digital IR camera Alpha NIR™ is sensitive in the
near-infrared region (900–1680 nm) [37]. The quartz glass has a
transmission of more than 90% for the wavelengths of 250–
2000 nm [38]. We confirmed that the IR absorbing gas species
did not have any influences on the temperatures measured by
the IR camera.

Fig. 2 shows the opened channel reactor with the catalyst-
coated plate installed. The reactants enter the reactor from the left
via three inlet ports and pass over an uncoated area of the metal
plate and through a piece of a monolith with 500-lm channels that
serve as flow straightener. Approximately 20 mm after the flow
straightener, the catalytically coated area begins. From the right
hand side, a movable sampling capillary made of stainless steel is
introduced into the channel through a high temperature septum
port. The capillary with an external diameter of 0.8 mm is moved
along the reactor axis by a linear positioning system (electric step
motor controlled by LabVIEW™, accuracy < 0.1 mm). In this way,
the local gas concentrations above the catalyst surface are mea-
sured online by a quadrupole mass spectrometer (QMS) connected
to the capillary. The mass spectrometer (Pfeiffer Vacuum OmniStar
GSD 301 O) has a Prisma™ ion source with an yttria-coated iridium
cathode. The detector is a channeltron (CH-TRON) type secondary
electron multiplier (SEM) and acquires mass spectra from 0 to
200 amu (atomic mass unit). The mass spectrometer operation
and the data acquisition are computer controlled using the Quad-
star 32-bit software. The QMS was calibrated for H2 (2 amu), CO
(28 amu), CO2 (44 amu), CH4 (15 amu), H2O (18 amu), and Ar
(40 amu). Argon was set as an internal standard. The contribution
of the fragmentation of CO2 to the CO signal at mass 28 was taken
into account in the calibration.

The advantages of the optically accessible catalytic plate reactor
are:

� measurement of the species concentration profiles in the gas
channel along the reactor length by using a movable sampling
capillary ? high spatial resolution;
� spatially resolved measurement of the catalyst surface temper-

ature by means of IR thermography;
� laminar flow in the gas channel ? clearly defined mass transfer

by pure diffusion in the direction normal to the catalyst plate;
� application of thin (<100 lm) catalyst coatings, reducing the

importance of diffusional resistances within the catalyst
coating;
� a high surface to volume ratio, producing only moderate

hotspots even for highly exothermic reactions.

2.3. Catalyst preparation and characterization

The metal plate made from Fecralloy™ was coated with a com-
mercial Ni–alumina catalyst (50 wt% Ni/Al2O3, BET = 183 m2/g, all
other data on the catalyst are confidential) as follows: At first, an
aqueous dispersion of the catalyst powder (dp < 45 lm) and a bin-
der (Disperal�) was prepared. Prior to the coating, the Fecralloy-
plate was calcined at 900 �C for more than 36 h to create a rough
layer of alumina whiskers on the surface. Then the plate was
coated with the catalyst suspension, dried, and calcined again at
420 �C for 4 h using a very low heating rate. Several mechanical
and thermal tests were carried out to optimize the ratio of catalyst
to binder for the coating, which was found to be 9:1. As shown in
Fig. 2, not the complete metal plate was coated with the catalyst.
Three coated metal plates with different catalyst loadings were
used for the kinetic measurements as shown in Table 1.
The commercial nickel catalyst used is not promoted and does
not contain significant amounts of Na and K. Due to this fact, the
influence of catalyst promoters on the methanation reaction as de-
scribed in the literature [39,6,40] is negligible.

Each catalyst plate was reduced inside the catalytic plate reac-
tor at a temperature of 410 �C for 4 h with a constant flow of Ar and
H2. The concentration of H2 was increased stepwise from 5 to
50 vol% and the H2O evolution was measured to assure complete
reduction of the nickel oxides, based on experience from tempera-
ture-programmed reduction experiments.

Since with the manual coating procedure it was not possible to
distribute the catalyst evenly over the whole surface, the actual
mass distribution had to be taken into account.

The height profiles of the coatings were measured to calculate
the corresponding catalyst mass distribution along the coated area
of the metal plate. The catalyst height was determined after the ki-
netic experiments by means of profilometry (Dektak 8 Stylus Pro-
filer). The profiles were determined electromechanically by
moving a diamond-tipped stylus over the sample. The stylus was
mechanically coupled to a linear variable differential transformer
(LVDT), which produced an analog signal proportional to the posi-
tion change [41]. This signal was converted to a digital format for
further processing.

2.4. Experimental conditions and procedure

The kinetic experiments were performed at five different tem-
peratures from 280 to 360 �C at a total pressure of up to 2 barabs.
Besides the influence of the hydrogen and carbon monoxide con-
centration, also the influence of the products methane, water,
and carbon dioxide was investigated. The experimental conditions,
valid for all five temperatures, are summarized in Table 2, i.e., up to
14 experiments were carried out per temperature.

Before the experiment, the reactor with the installed catalyst
plate was heated up to the desired temperature under a constant
flow of argon. The sampling capillary was moved to the zero posi-
tion, approximately 1 mm after the flow straightener. Hydrogen
was fed into the system, and the first IR line profile was recorded.
Then CO, CO2, and CH4 were added stepwise until the desired vol-
umetric flow rates were reached. The moving of the sampling cap-
illary was started after the concentration at the zero position had
reached a steady-state value. At this time, the second infrared line
profile was recorded, and the temperature difference between the
first and the second temperature profile was calculated.

The capillary was held for 45–180 s at each position and moved
stepwise in flow direction to the end of the reactor. The volumetric
flow rate through the capillary was measured to be between 3 and
10 mlN/min, which corresponds to 1–3% of the total flow rate. In
each (steady-state) experiment, up to 60 mass spectra were mea-
sured and averaged to determine the molar fractions at each axial
position. Each run consisted of up to 40 capillary positions along
the channel reactor.

After the profile measurements, the flows of CO, CO2, and CH4

were stopped and the capillary was moved to the zero position for
the next run. Experiments containing water were carried out in a
similar way, but all feed gases were fed through the water saturator.

Between the experiments, the reactor was flushed with a
small flow of Ar containing 5 vol% H2 in a temperature range of



Table 2
Experimental parameters for the CO methanation.

Exp. No. Total flow (lN/min) Ar (mol%) H2 (mol%) CO (mol%) CO2 (mol%) CH4 (mol%) H2O (mol%) Ratio H2/CO Temperature (�C)

1 0.300 40.0 50.0 10.0 – – – 5
2 0.300 28.0 60.0 12.0 – – – 5
3 0.300 16.0 70.0 14.0 – – – 5
4 0.450 30.0 60.0 10.0 – – – 6
5 0.500 16.0 72.0 12.0 – – – 6 280,
6 0.400 35.0 50.0 10.0 5.0 – – 5 300,
7 0.400 30.0 50.0 10.0 10.0 – – 5 320,
8 0.400 35.0 50.0 10.0 – 5.0 – 5 340,
9 0.400 30.0 50.0 10.0 – 10.0 – 5 360

10 0.400 30.0 50.0 10.0 – – 10.0 5
11 0.400 25.0 50.0 10.0 – 5.0 10.0 5
12 0.400 25.0 50.0 10.0 – – 15.0 5
13 0.400 15.0 50.0 10.0 – 10.0 15.0 5
14 0.400 20.0 50.0 10.0 – – 20.0 5

266 J. Kopyscinski et al. / Journal of Catalysis 271 (2010) 262–279
300–340 �C to keep the catalyst in the reduced state. Every day,
first the reference experiment no. 1 was performed. By comparing
the concentration and temperature profiles of consecutive days, it
was shown that catalyst deactivation was negligible.

Inside the sampling capillary, neither methanation nor water
gas shift reactions occured. By conducting an experiment (no. 1)
using an uncoated metal plate, it was shown that the hydrogen,
carbon monoxide and argon concentrations do not change along
the reactor axis. This can also be seen in Fig. 6, where the concen-
trations in the uncoated area (�20 to 0 mm) do not change.
Fig. 3. (a) Measured height profile at centerline and (b) mass distribution of
catalyst plate 1.

Fig. 4. Infrared picture obtained before CO was added to the gas stream (H2, Ar) at
320 �C.
3. Results

3.1. Catalytic coating

By measuring the catalyst height profile along the coated area of
the metal plate, the catalyst mass in a given interval and the cata-
lyst mass distribution xcat were calculated as follows:

xcat;Dxi
¼ mDxi

Dxi
¼ mcatP

hðxÞ � Dx
� hðxiÞ ð1Þ

In Eq. (1), mDxi is the catalyst mass in the considered interval in
kgcat, Dxi is the interval width (distance between two capillary
positions), mcat is the total catalyst mass on the metal plate and
h(xi) is the average catalyst height in the interval i.

An example of the height profile is shown in Fig. 3a. Five line
scans were measured per catalyst plate, and all profiles show sim-
ilar features. The beginning and the end of the coated area have
more catalyst (thickness ca. 100 lm) than the part in the middle
(20–50 lm).

The surface of the catalyst layer was comparatively rough-tex-
tured due to the catalyst particle size (dP < 45 lm) used for the
coating. The measurements confirmed that also the Fecralloy-plate
had a relatively rough surface (approximately ±10 lm) after the
first calcination procedure. The high amount of catalyst at the
beginning and at the end of the plate can be explained by the fact
that a tape was used to cover the part of the metal plate that
should not be coated. The tape had a thickness of approximately
100 lm. Based on the line scans for one plate, a weighted average
height in each interval was determined and by this the catalyst
mass distribution, see Fig. 3b. By taking the height profile, the mass
distribution along the coated area was then calculated and inte-
grated into the reactor model.

3.2. Concentration and temperature profiles

The catalyst surface temperature was recorded by means of IR
thermography. A typical infrared picture obtained by the camera
is depicted in Fig. 4; the brighter the color, the higher was the
measured intensity. The camera was calibrated for the catalyst



Fig. 5. Infrared picture during methanation at 320 �C (50 mol% H2, 10 mol% CO,
balance Ar).
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surface, which has a different emissivity than the other parts (i.e.,
uncoated metal plate, reactor block, thermocouple, and sampling
capillary). The dark blue area at the sides belongs to the reactor
block. The uncoated area of the metal plate as well as the thermo-
couple on top of the quartz plate (fixed with aluminum tape) and
the sampling capillary in the center of the reactor are visible.
From the color gradient over the catalyst-coated area it can be
seen that the temperature was evenly distributed, and that the
inhomogeneities in the catalyst coating did not affect the temper-
ature significantly. By means of the calibration, the surface tem-
perature was calculated along the centerline (purple line next
to the sampling capillary).

The IR picture in Fig. 4 was taken at a reactor temperature of
320 �C while the gas flow contained Ar and H2 but no CO. By adding
CO to the reactor feed stream, the exothermic methanation reac-
tion started and a temperature increase was observed, as illus-
trated in Fig. 5 with a bright spot at the beginning of the
catalyst-coated area.
Fig. 6. Measured axial gas species concentration profiles and temperature difference of th
( ) CO, and ( ) CO2.
3.2.1. Concentration profile at reference conditions
The gas species concentration and the catalyst temperature pro-

files for the reference condition H2/CO = 5 (experiment no. 1 in Ta-
ble 2) are plotted in Figs. 6–8 for 280, 320, and 360 �C, respectively.
The catalyst-coated area begins at 0 mm, the 19 mm before that
area are not coated with the catalyst. The upper part of the diagram
illustrates the temperature difference (Twith CO � Twithout CO) along
the catalyst plate, while the graphs below show the gas concentra-
tions of the species Ar, H2, CO, CO2, CH4, and H2O in vol%.

At 280 �C, H2 and CO react to produce CH4 and H2O according
to (Rx 1). The concentrations of H2 and CO decrease from 50 vol%
at the inlet to 30 vol% at the outlet, and from 10 vol% to 2 vol%,
respectively. The gas concentrations of CH4 and H2O are equal at
each position along the plate and reach 9.2 and 9.4 vol% at the
outlet, respectively. The presence of equimolar amounts of CH4

and H2O, and the fact that no CO2 was formed means that the
water gas shift reaction is negligible at 280 �C. The conversion
of CO and H2 were 82.6% and 48.4%, respectively. The increase
of the Ar concentration is due to the volume contraction of about
17%.

The temperature profile indicates an almost constant tempera-
ture along the plate, with slightly higher values at the beginning
and the end of the catalyst area. The CO profile shows a similar
behavior: the slope for the first 5 mm is steeper, then it flattens,
and in the last 10 mm, it is steeper again. Both effects are caused
by the inhomogeneous distribution of the catalyst mass on the me-
tal plate; see Fig. 3. The first and the last millimeters of the coated
area have thicker catalyst layers and thus a higher catalyst mass
per unit length. However, all profiles recorded on the same catalyst
plate can be evaluated and compared with each other.

At higher temperatures, the rates of disappearance of CO and H2

and the rate of formation of H2O and CH4 increase. At 320 �C, CO is
e reference experiment no. 1 (H2/CO = 5) at 280 �C. (�) Ar, (�) H2, ( ) CH4, (.) H2O,



Fig. 7. Measured axial gas species concentration profiles and temperature difference of experiment no. 1 at 320 �C. (�) Ar, (�) H2, ( ) CH4, (.) H2O, ( ) CO, and ( ) CO2.
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completely converted at the end of the plate, and at 360 �C already
after 80 mm, see Figs. 7 and 8. The concentrations of CH4 and H2O
at the outlet reach almost the equilibrium concentration of
12.5 vol% for CH4 and H2O at 320–360 �C. The equilibrium compo-
sition calculated by means of the software HSC Chemistry 5.1 does
not predict any CO2 formation. However, the concentration profiles
show at first an increase of CO2, which then passes through a max-
imum and then decreases again. The increase of CO2 is caused by
the water gas shift reaction, which is accompanied by the con-
sumption of water. It can be seen that the H2O concentration is
lower than the CH4 concentration in this area where CO2 reaches
values of ca. 1 vol%. As soon as the CO concentration is below ca.
1 vol%, the CO2 concentration decreases again. An explanation is
as follows: up to ca. 10 mm, the conversion of CO is almost exclu-
sively by hydrogenation to CH4 and H2O. As the concentration of
H2O increases, the water gas shift reaction becomes important
and leads to the formation of small amounts of CO2. The dominant
route for CO conversion is still the methanation. When the concen-
tration of CO reaches a level below the equilibrium value of the
water gas shift, i.e., ca. 1 vol%, the reverse water gas shift reaction
takes place because there is still a high concentration of H2 present.
This leads to a decrease in the CO2 concentration and to an increase
in the H2O concentration to a value again equal to the CH4 concen-
tration at the end of the reactor. This observation confirms also the
result that in the presence of CO the CO2 methanation is inhibited
[19]. The qualitative behavior is the same at 360 �C, although all
reactions proceed faster.

Figs. 7 and 8 show a rapid temperature rise of 12 and 18 K,
respectively, within the first 5 mm, which then declines with
decreasing CO concentration. Here, the exothermicity of the
methanation leads to a hotspot. Note that concentration data from
axial positions within the hotspot have not been included for the
determination of the kinetic parameters.
The atomic balances of C and O are for most experiments within
100 ± 5%, and just for a few cases outside the 100 ± 5% range, but
always within 100 ± 10%. The hydrogen balances differ a bit more
compared to that for carbon and oxygen; here, the atom balances
were within 100 ± 10% for most of the experiments. For experi-
ments with temperatures above 320 �C, the axially resolved hydro-
gen balance exhibited a few points that were between 100 ± 10%
and 100 ± 15%. An explanation might be the increased axial disper-
sion of hydrogen at higher temperature. The plot of the atomic bal-
ances of C, O, and H along the reactor axis is depicted in the
Supplementary material, see Fig. S1.
3.2.2. Effect of CO and H2 partial pressures at H2/CO = 5
Experiments nos. 2 and 3 (see Table 2) were conducted to inves-

tigate the influence of the CO and H2 partial pressure for a constant
H2/CO ratio. The inlet concentrations were 50 vol% H2 and 10 vol%
CO for no. 1, 60 vol% H2 and 12 vol% CO for no. 2, and 70 vol% H2

and 14 vol% CO for experiment no. 3.
The rate of CO conversion and the rate of CH4 and H2O forma-

tion were calculated for each interval (distance between two cap-
illary sampling positions) and compared with the reference
experiment no. 1. The observed rates were computed by means
of the measured concentration profile and the catalyst mass distri-
bution, see Eq. (2).

ratei ¼
_nijxþDx � _nijx

mcat;Dx
ð2Þ

Here _nijxþDx is the molar flow (mol/s) of species i at the position
x + Dx, _nijx is the molar flow at the position x, and mcat,Dx is the cor-
responding mass in the interval Dx. Fig. 9a and b illustrates the evo-
lution of the observed rates for CO and CH4 along the catalyst-
coated area for the three experiments at 320 �C.



Fig. 8. Measured axial gas species concentration profiles and temperature difference of experiment no. 1 at 360 �C. (�) Ar, (�) H2, ( ) CH4, (.) H2O, ( ) CO, and ( ) CO2.

Fig. 9. Effect of H2 partial pressure at constant H2/CO ratio at 320 �C on the rates of
(a) CO conversion and (b) CH4 formation with (d) H2 = 50%, ( ) H2 = 60%, and ( )
H2 = 70% in the feed, for experiment no. 1, 2, and 3, respectively.
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The rate of CO conversion decreased from the beginning (posi-
tion = 0 mm) to the end of the coated area. This might indicate a
positive reaction order for CO. Furthermore, it can be seen that
hydrogen did not influence significantly the reaction rates when
varied between 50 and 70 vol%, because the rates of CO conversion
and CH4 formation of the three experiments were the same within
experimental uncertainty. Also at temperatures higher than 320 �C
neither retarding nor accelerating effects of hydrogen were ob-
served. Only at 280 �C, a small accelerating influence of hydrogen
was seen. This suggests that the reaction order of H2 is close to zero
or slightly positive.
3.2.3. Effect of CO2

The influence of CO2 on the methanation and water gas shift
reactions was investigated by adding 5 mol% and 10 mol% of CO2

to the reference mixture at temperatures from 280 to 360 �C. The
corresponding experiment nos. are 1 for CO2 = 0% (reference case),
6 for CO2 = 5%, and 7 for CO2 = 10% (see Table 2).

The concentration profiles for exp. nos. 6 and 7 (not shown)
confirmed that the water gas shift and reverse water gas shift reac-
tion are negligible at 280 �C.

Fig. 10 illustrates the evolution of the observed rates for CO
along the catalyst-coated area for the three experiments. In the
first 3 mm, the rates for CO conversion are between 0.13 and
0:16 mol s� kg�1

cat for all three experiments. Then the rate of CO de-
clines asymptotically to 0.7 ± 0.1 mol s� kg�1

cat for all three experi-
ments and all three species CO, CH4, and H2O (the rates for CH4

are not shown). The rates for H2O and CH4 formation in the first
3 mm are between 0.09 and 0.12 mol s� kg�1

cat for all three experi-
ments, which is slower compared to the CO rates. This might



Fig. 10. Effect of CO2 addition at 280 �C on the rates of (a) CO conversion and (b)
H2O formation with (d) CO2 = 0%, ( ) CO2 = 5%, and ( ) CO2 = 10% in the feed, for
experiment no. 1, 6, and 7, respectively.

Fig. 11. Effect of CO2 addition at 360 �C on the rates of (a) CO conversion, (b) H2O
and (c) CH4 formation with (d) CO2 = 0% and ( ) CO2 = 5% in the feed, for
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suggest that not the CO adsorption is the limiting step, but rather
one of the hydrogenation steps toward CH4.

As a result, it can be concluded that CO2 does neither affect the
rate of CO conversion nor the ones of the production of H2O and
CH4 at 280 �C. Also at higher temperatures, CO2 does not retard
the rate of CO conversion; it rather has a positive effect due to
the reverse water gas shift producing additional CO, as it is de-
picted in Fig. 11. The rate of CH4 formation increases as well by
adding CO2 to the feed. Furthermore, the rate of H2O formation ex-
ceeds the CH4 rate, because two moles of H2O were produced in-
stead of one mole of CH4 by converting one mole of CO2.
experiment nos. 1 and 6, respectively.
3.2.4. Effect of H2O and CH4

The effect of adding water and methane are depicted in Figs. 12
and 13 for 280 and 360 �C, respectively.

It can be seen that the rate of CO conversion was retarded by
adding H2O at 280 �C. The rates for CH4 and H2O are about the
same as for the CO conversion and therefore the rate of H2O is
not shown here. This confirms that the water gas shift is negligible
at temperatures below 300 �C.

With increasing temperature, the water gas shift and reverse
water gas shift become more and more important; thus, the retard-
ing effect of water decreases. Fig. 13a depicts the rate of CO conver-
sion along the catalyst plate for the three cases at 360 �C. In the
first 20 mm, the rates for CO are higher when adding water com-
pared to the reference experiment. In contrary, the formation of
water is slower within the first 20 mm compared to the reference
experiment. But after 30 mm, the H2O rate is slightly higher due to
the reverse water gas shift, see Fig. 13b. For CH4, the rate seems a
bit higher with water over the complete range, see Fig. 13c. A fur-
ther addition of methane (exp. no 11) did not affect the rates of CO,
H2O, and CH4 at any temperature.
4. Reactor modeling and determination of kinetic parameters

4.1. Modeling the catalytic plate reactor

Modeling the catalytic plate reactor requires attention to sev-
eral important aspects. Since the flow is laminar and bounded be-
tween two parallel plates, a parabolic velocity profile prevails
throughout the channel. Moreover, the laminar flow allows trans-
port by diffusion and thermal conduction only causing concentra-
tion and temperature gradients in the y-direction (channel height).
Thus, the reaction might be limited by mass transfer from the bulk
gas phase to the catalyst phase under certain conditions [42]. To
model this kind of channel reactor, one- and two-dimensional
model approaches are available [43]. The advantages and disad-
vantages are summarized in Table 3.

For the parameter estimation, a one-dimensional model was
developed, which consists of a gas phase and a catalyst phase
where the reactions take place. Both phases are connected through
diffusive mass transport, which is described by the Sherwood



Fig. 12. Effect of H2O and CH4 addition on the rates of (a) CO conversion and (b) CH4

formation with (d) H2O = 0%, ( ) H2O = 10%, and ( ) H2O = 10% + CH4 = 5% in the
feed, for experiment nos. 1, 10, and 11, respectively at 280 �C.

Fig. 13. Effect of H2O and CH4 addition on the rate of (a) CO conversion (b) rate of
H2O and (c) of CH4 formation with (d) H2O = 0%, ( ) H2O = 10%, and ( )
H2O = 10% + CH4 = 5% in the feed, for experiment no. 1, 10, and 11, respectively at
360 �C.
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correlation (Sh). The gas phase is computed as plug flow with a
constant concentration and temperature in the y-direction. Thus,
the one-dimensional model requires an average bulk concentration
and an average bulk temperature; moreover an accurate correla-
tion for the mass transfer from the bulk gas phase to the catalyst
phase is necessary.

Since the temperature range for the methanation is between
280 and 380 �C, homogeneous gas phase reactions can be ignored
and the reactions occur only on the catalyst surface. Further
assumptions are made as follows:

� steady-state (no time dependence),
� ideal gas behavior,
� isothermal ? no energy balance to be solved (only the isother-

mal part of the catalyst plate is modeled),
� no pressure loss ? no momentum balance to be solved,
� catalyst mass distribution is taken into account,
� velocity change due to volume contraction is taken into

account,
� no carbon deposition,
� catalyst layer is considered thin enough to neglect intraphase

transport resistance,*
� average = measured gas concentration (one-dimensional

model),*

*These assumptions were checked by applying a two-dimen-
sional model and calculating the average gas concentration
and the Weisz modulus.

The molar balance for species i in the bulk gas phase is

0 ¼ � @
_nb;i

@x
� b � KG;i � ðcb;i � cs;iÞ ð3Þ

and the molar balance for the surface is

0 ¼ b � KG;i � ðcb;i � cs;iÞ þxcat �
X

j

mij � rj ð4Þ
where b (m) is the width of the channel, and the catalyst mass den-
sity along the plate is defined as xcat in kgcat m�1. The ratio between
the convective and the diffusive mass transfer is expressed by the
Sherwood number:

Sh ¼ KG;i � lch

Di;mix
ð5Þ

A Sherwood number of 3.7 is used, as determined by Raja et al.
[44] for catalytic combustion in a monolith reactor at low Reynolds
numbers, with the height of the channel, H, as the corresponding
characteristic length (lch). With Eq. (5), the molar balance for the
bulk phase becomes

0 ¼ � @
_nb;i

@x
� b � Sh � Di;mix

H
� ðcb;i � cs;iÞ ð6Þ

and for the catalyst phase

0 ¼ b � Sh � Di;mix

H
� ðcb;i � cs;iÞ þxcat �

X
j

mij � rj ð7Þ



Table 3
One-dimensional vs. two-dimensional model for channel reactors [42].

One-dimensional model Two-dimensional model

� Two-phase model (bulk gas and species on catalyst)
� average bulk concentration and temperature
� only convection and diffusion in x-direction
� no diffusion in y-direction
� discontinuity at the catalyst surface
� mass and heat transfer coefficients (Sh, Nu) are necessary
� requires less computer time
� useful for kinetic studies and parameter fitting

� Implements correctly the mass and heat flux boundary conditions
� reaction implemented in the boundary condition
� complex model
� requires more computer time
� no Sh and Nu correlation necessary: radial concentration and temperature gradients are calculated
� useful for parametric studies

Table 4
Reaction mechanism A and B and possible rate-determining steps (RDS).

Mechanism A Mechanism B RDS No.

H2 + 2*
M 2H* R 1

CO + �M CO* X R 2
CO* + �M C* + O* X R 3

CO� þ aH� $ COH�a þ a� X R 4
COH* + �M CH* + O* or C* + OH* X R 5
COH�v þ aH� $ COH�w þ a� X R 6
COH�x þ aH� $ CH�y þ OH�z X R 7

C� þ aH� $ CH�a þ a� X R 8
CH� þ H� $ CH�2 þ � X R 9
CH�2 þ aH� $ CH�2þa þ a� X R 10
CH�3 þ H� $ CH�4 þ � R 11
CH�4 $ CH4 þ � R 12
CO� þ O� $ CO�2 þ � R 13
CO�2 $ CO2 þ � R 14
O* + H*

M OH* + � R 15
OH* + H*

M H2O* + � R 16
H2O*

M H2O + � R 17
CO* + OH*

M CO2
* + H* R 18

CO� þ H2O� $ CO�2 þ 2H� R 19

� Empty active site.
C* adsorbed species (e.g., adsorbed carbon).
RDS rate-determining step.
v = 1, 2; w = 2, 3; x = 1, 2, 3; y = 0, 1, 2; z = 0, 1, 2; and a = 1, 2.
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The boundary conditions are defined as

_nb;ijx¼0 ¼ _nb;i;feed ðinitial condition x ¼ 0Þ ð8Þ

The molecular diffusion coefficient in the gas mixture is calcu-
lated with the method of Wilke [45], where the Fuller correlation
was used for the binary diffusion coefficient [46].

Di;mix ¼
1� xiP

jxj=Di;j
ð9Þ

Di;j ¼ 0:01013 �
T1:75 � 1

Mi
þ 1

Mj

� �0:5

p �
P

v ið Þ1=3 þ
P

v j
� �1=3

h i2 ð10Þ

Mi is the molar weight of species i and mi are the atomic diffusion
volumes from [46].

4.2. Reaction mechanism and formulation of rate equations

As H2 is present in excess and the reaction order of CO is greater
than zero (see Figs. 9–13), it is assumed that adsorption of H2 is in
equilibrium. There is no consensus in the literature on the elemen-
tary steps for the methanation of CO on a nickel surface. Two dif-
ferent mechanisms have been proposed in the literature; both
are summarized in Table 4 with possible assumed rate-determin-
ing steps (RDS).

Mechanism A is thought to proceed via molecular adsorption
and subsequent dissociation of CO, steps R 2 and R 3. Adsorbed car-
bon (C*) is assumed to be an intermediate, which reacts with
hydrogen stepwise to methane (steps R 8–12). Mechanism A was
proposed by Araki and Ponec in 1976 [47] and confirmed by other
authors in experiments and calculations [11,22–24,48–55].

The different variants of mechanism B were mostly published in
the 1970s and 1980s [14,19,20,39,56–58]. This mechanism pro-
poses an oxygenated compound, e.g., a COHx complex, as an inter-
mediate. Recent DFT calculations and high-pressure experiments
by Andersson et al. [59] support the picture that the methanation
proceeds via a COH complex. It is assumed that in the presence of
hydrogen, carbon monoxide does not dissociate, but rather reacts
in the first state with hydrogen to form a COHx complex (R 4),
which then has a lower activation barrier for the C–O bond disso-
ciation. This COHx complex can either dissociate (R 5) or react via
step R 6 or step R 7 to CHy, which hydrogenates further to methane
(step R 8–12). The values of x and y depend both on the experimen-
tal conditions and on the properties of the catalyst. Sanchez-
Escribano et al. [60] further suggested from an IR-study on a Ni/
Al2O3 catalyst that CO reacts with an adsorbed OH species to form
a CH3O adsorbate. This methoxy group reacts further with hydro-
gen to methane and a hydroxyl group.

The surface intermediates can either react with one adsorbed
hydrogen atom (H*), or with two adsorbed hydrogen atoms (2H*).
The reaction step in Table 4 changes accordingly.

The adsorption of hydrogen and carbon monoxide (R 1 and 2)
and the hydrogenation of the CHx complex (R 8–12) are common
to both mechanisms.



Table 5
Parameters and exponents of the general rate equation for different RDS assumptions.

Model RDS KCx a b c KCy e f g

1 CO + � – 0 1.0 0 – – – 1
2 CO* + � KCO 0 1.0 0 – – – 2
3 CO* + H* KCO 0.5 1.0 0.5 – – – 2
4 CO* + 2H* KCO 1.0 1.0 1.0 – – – 3
5 COH* + � KCOH 0 1.0 0.5 KCOH 1.0 0.5 2
6 COH* + H� KCOH 0.5 1.0 1.0 KCOH 1.0 0.5 2
7 COH* + 2H* KCOH 1.0 1.0 1.5 KCOH 1.0 0.5 3
8 COH�2 þ H� KCOH2 0.5 1.0 1.5 KCOH2 1.0 1.0 2
9 COH�2 þ 2H� KCOH2 1.0 1.0 2.0 KCOH2 1.0 1.0 3

10 COH�3 þ H� KCOH3 0.5 1.0 2.0 KCOH3 1.0 1.5 2
11 COH�3 þ 2H� KCOH3 1.0 1.0 2.5 KCOH3 1.0 1.5 3
12 C* + H* KC 0.5 0.5 0.5 KC 0.5 0 2
13 C* + 2H* KC 1.0 0.5 1.0 KC 0.5 0 3
14 CH* + H* KCH 0.5 0.5 1.0 KCH 0.5 0.5 2
15 CH�2 þ H� KCH2 0.5 0.5 1.5 KCH2 0.5 1.0 2
16 CH�2 þ 2H� KCH2 1.0 0.5 2.0 KCH2 0.5 1.0 3
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The attempt to formulate the rate equations follows the Lang-
muir–Hinshelwood approach using the assumption of a rate-deter-
mining step (RDS) for the proposed reaction mechanisms. This
elementary step is considered the slowest reaction step and
responsible for the overall rate. All other reaction steps are re-
garded to be in equilibrium or irreversible. The derivation of the
rate equations takes the surface coverage of the relevant adsorbed
species into account. With the different assumed rate-determining
steps listed in Table 4, 16 models were derived and summarized in
one generalized rate expression for the methanation reaction
applying 16 different sets of exponents, see Table 5.

The rate equation for the methanation does not include the re-
verse reaction due to the very large equilibrium constant of
Kp,Meth = 7.8 � 107 bar�2 at 280 �C and 5.6 � 104 bar�2 at 380 �C. Be-
low 380 �C, the equilibrium of the methanation reaction lies
strongly on the side of the products; therefore, the reverse reaction
(methane steam reforming) can be neglected.

The results of the kinetic experiments indicated that H2O inhib-
its whereas CH4 and CO2 do not hinder the reaction rate; hence, the
H2O adsorption term was included in two different ways. If water
adsorbs as an H2O molecule, the rate becomes

r1 ¼
k1 � KCx � Ka

H2
� pb

CO � pc
H2

1þ
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KH2 � pH2

q
þ KCO � pCO þ KH2O � pH2O þ KCy � pe

CO � p
f
H2

� �g

ð11Þ

and if water adsorbs in the form of a hydroxyl species (OH), the rate
equation changes to:

r1 ¼
k1 �KCx �Ka

H2
� pb

CO � pc
H2

1þ
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KH2 � pH2

q
þKCO � pCO þKOH � pH2O � p�0:5

H2
þKCy � pe

CO � p
f
H2

� �g

ð12Þ

where KCx and KCy denote the adsorption constants of the interme-
diate carbon species, which is a combination of an adsorption and a
rate constant. The partial pressures pi are expressed in bar and the
reaction rate rj in mol s�1 kg�1

cat. The units of the rate constants and
adsorption constants depend on the exponents used. Eqs. (11) and
(12) show that adsorbed hydrogen, carbon monoxide, water or hy-
droxyl and an intermediate carbon species (C*, CH�x; or COH�x) are
assumed to be present on the surface. All coefficients of the rate
equation are summarized in Table 5 for the different RDS assumed.
Altogether these are 32 models, 16 models with an adsorbed H2O
(models 1a–16a) and 16 models with an adsorbed OH species (mod-
el 1b–16b).

The rate equation for the water gas shift also includes the re-
verse reaction, due to the small equilibrium constant
(Keq,WGS = 55.2 at 280 �C and Keq,WGS = 15.1 at 380 �C) in the tem-
perature range of interest. Since methanation and water gas shift
are assumed to take place on the same sites, the denominator of
the rate equations has to be the same [61]. For an adsorbed H2O
species, the WGS proceeds via step R 19 and the rate can be formu-
lated as:

r2 ¼
k2 � Kb � pCO � pH2O �

pCO2
�pH2

Keq

� �
1þ

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KH2 � pH2

q
þ KCO � pCO þ KH2O � pH2O þ KCy � pe

CO � p
f
H2

� �2

ð13Þ

For an adsorbed OH species, the WGS proceeds via step R 18 and
the rate can be formulated as

r2¼
k2 � Ka �pCO �pH2O�

pCO2
�pH2

Keq

� �
p0:5

H2
� 1þ

ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
KH2 �pH2

q
þKCO �pCOþKOH �pH2O �p�0:5

H2
þKCy �pe

CO �p
f
H2

� �2

ð14Þ

The coefficients Ka and Kb are a combination of the adsorption
constant for CO, CO2, H2, and OH or H2O. k2 is a combination of
the reaction constant of the water gas shift and the adsorption con-
stants of the involved species. The equilibrium constant Keq of the
water gas shift was calculated directly from thermodynamic data
taken from the DIPPR Project 801 database [62].

The reaction rates for the species H2, CO, CH4, CO2, and H2O
were calculated using the following relations:

RH2 ¼ �3 � r1 þ r2 ð15Þ
RCO ¼ �r1 � r2 ð16Þ
RCH4 ¼ r1 ð17Þ
RH2O ¼ r1 � r2 ð18Þ
RCO2 ¼ r2 ð19Þ
4.3. Parameter estimation

The parameters to be estimated were the pre-exponential fac-
tors of the rate and adsorption coefficients with the corresponding
activation energies and heats of adsorption, which can be de-
scribed by Arrhenius’ and van’t Hoff’s equations, respectively, see
Eqs. (20) and (21).

kj ¼ k0
j � exp � EA

R � T

� �
ð20Þ

Ki ¼ K0
i � exp � DHi

R � T

� �
ð21Þ

As this form of the equations often has huge magnitudes of k0
j and

K0
i , due to the fact that k0

j and K0
i refers to infinite temperature, a

modified form based on a finite reference temperature Tref is used.
This temperature was set to 598.15 K (325 �C).

kj ¼ expfhk;jg � exp hE;j 1� Tref

T

	 
� �
ð22Þ

Ki ¼ expfhK;ig � exp hH;i 1� Tref

T

	 
� �
ð23Þ

In Eqs. (22) and (23) the parameters are chosen to be hk;i ¼ lnðkj;Tref
Þ

and hK;i ¼ lnðKj;Tref
Þ to assure non-negative values of the pre-expo-

nential factors according to the chemical theory. Activation energies
and heats of adsorption are estimated by introducing a dimension-
less energy parameter hE;j ¼

EA;j

R�Tref
and hH;i ¼ DHi

R�Tref
, respectively.

Due to the fact that the beginning and the end of the plate had a
thicker catalyst layer and that at higher temperatures hotspot oc-
curred, only the gas concentrations measured at positions that had
a temperature deviation within (±2.5 K) were used for the parameter



Table 6
Kinetic parameters estimated for model 12b, 14b, and 6b.

Model 12b Model 14b Model 6b
95% HPD intervals 95% HPD intervals 95% HPD intervals

ln k1(Tref) 0.15 ± 0.02 0.08 ± 0.01 0.042 ± 0.008
ln KOH(Tref) �0.41 ± 0.05 �0.40 ± 0.06 �0.53 ± 0.06
ln KCy(Tref) 0.57 ± 0.06 0.93 ± 0.04 2.58 ± 0.02
ln k2(Tref) 2.0 ± 0.07 2.12 ± 0.06 2.46 ± 0.05
EA1/(RTref) 14.9 ± 0.5 12.7 ± 0.3 11.8 ± 0.2
DHOH/(RTref) �14.6 ± 1.0 �17.6 ± 1.0 �19.8 ± 1.1
DHCy/(RTref) �12.3 ± 0.4 �10.2 ± 0.4 1.3 ± 0.6
EA2/(RTref) 32.5 ± 1.2 31.3 ± 1.2 33.0 ± 1.1
ln Ka(Tref) �1.07 ± 0.06 �1.02 ± 0.05 �1.04 ± 0.05
DHa/(RTref) �1.3 ± 1.4 �0.35 ± 1.4 3.0 ± 1.1

RSS 757.6 775.8 777.3
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estimation. By doing so, possible influences of pore diffusion and
non-isothermicity on the kinetic parameters were minimized. For
the determination of the kinetic parameters, data points of all iso-
thermal temperature levels were evaluated simultaneously by
Bayesian estimation using the software package Athena Visual Stu-
dio�, developed by Stewart and Caracotsios [63]. Stewart et al.
showed that the method of least squares is not suitable for multire-
sponse data analysis unless the responses have known relative pre-
cisions and independent normal distributions of their errors [63,64].
The Bayesian estimation approach uses the prior knowledge of the
experimenter (in the present case: the error range determined by
replicate experiments) and gives a probability distribution called
likelihood function of the parameters instead of a point estimate
[65]. The likelihood function describes the probability for the model
to generate the measured response values.

4.3.1. Results of the parameter estimation and discrimination
The parameter estimation shows two main results:

(1) In all models, the hydrogen adsorption constant KH2 could
not be estimated. That might indicate that the hydrogen
adsorption did not influence the reaction rates significantly.

(2) The CO adsorption constant KCO of models 5–16 could not be
determined. The RDS in models 5–16 did not include an
adsorbed CO. This means that the surface coverage of CO is
negligible, as the reaction to form the carbon surface species
is very fast, which is considered in the assumed rate-deter-
mining step.

The model discrimination was based on a simplified form of the
Bayesian information criterion (BIC) developed by Schwarz [66].
The BIC takes the maximum likelihood function and the number of
parameters to be estimated (nP) and data-points (nDP) into account.
Akaike [67] showed that under the assumption of normally distrib-
uted errors, the sum of squares of the residuals (RSS) can be used.

BIC ¼ nDP � ln
RSS
nDP

	 

þ nP � lnðnDPÞ ð24Þ

Comparing all the estimated models, the model with the lowest
value of BIC is to be preferred. Due to the fact that all models have
the same number of parameters (nP = 10) and data-points
(nDP = 7500), the best model is the one with the lowest value of
the sum of squares of the residuals.

The result of the model discrimination shows that the models
12b, 14b, and 6b gave the best fit to the experimental data over
the temperature range from 280 to 360 �C. The estimated parame-
ters are summarized in Table 6 for models 12b, 14b, and 6b,
respectively. In addition to the best-fit values, the highest posterior
density (HDP) intervals and the sum of squares of the residuals
(RSS) are shown in this table. The highest posterior density interval
defines the region in which 95% of the potential values of the
parameters lie [63]. In the Supplementary material, the normalized
covariance matrices of the three models are summarized, see Ta-
bles S1–S3. The elements in the covariance matrix Eij are within
the interval [�1, 1]; where a value of +1 (�1) indicates a strong
correlation (anti-correlation) between parameter i and j.

The rate equations for the methanation and water gas shift
reaction for model 12b with the assumed RDS (C* + H* ? CH* + �)
are shown in Eqs. (25) and (26), respectively

r1 ¼
k1 � KC � p0:5

CO � p0:5
H2

ð1þ KC � pCO þ KOH � pH2O � p�0:5
H2
Þ2

ð25Þ

r2 ¼
k2 � ðKa � pCO � pH2O �

pCO2
�pH2

Keq
Þ

p0:5
H2
� ð1þ KC � pCO þ KOH � pH2O � p�0:5

H2
Þ2

ð26Þ
The rate equations for the methanation and water gas shift
reaction for model 14b with the assumed RDS (CH� þH� !
CH�2 þ �) are shown in Eqs. (27) and (28), respectively.

r1 ¼
k1 � KCH � p0:5

CO � pH2

ð1þ KCH � p0:5
CO � p0:5

H2
þ KOH � pH2O � p�0:5

H2
Þ2

ð27Þ

r2 ¼
k2 � Ka � pCO � pH2O �

pCO2
�pH2

Keq

� �
p0:5

H2
� ð1þ KCH � p0:5

CO � p0:5
H2
þ KOH � pH2O � p�0:5

H2
Þ2

ð28Þ

The rate equations for the methanation and water gas shift
reaction for model 6b with the assumed RDS (COH* + H* ? -
CH* + OH*) are shown in Eqs. (29) and (30), respectively.

r1 ¼
k1 � KCOH � pCO � pH2

ð1þ KCOH � pCO � p0:5
H2
þ KOH � pH2O � p�0:5

H2
Þ2

ð29Þ

r2 ¼
k2 � Ka � pCO � pH2O �

pCO2
�pH2

Keq

� �
p0:5

H2
� ð1þ KCOH � pCO � p0:5

H2
þ KOH � pH2O � p�0:5

H2
Þ2

ð30Þ

All three models assume the RDS to be the reaction of the sur-
face carbon species (i.e., C*, CH*, or COH*) with a strongly adsorbed
hydrogen atom (H*), and water to be adsorbed as a hydroxyl spe-
cies (OH*). These three models have an RSS significantly smaller
than all the other models. The RSS values of the other models are
up to 32% larger. Yet, it is difficult to favor one of these models, be-
cause the RSS of these three models are statistically equal; the
deviation of the RSS values is less than 2.5%. On the one hand, mod-
el 12b has a slightly smaller value of RSS than the other two
(RSS12b = 757.6 compared to RSS14b = 775.8 and RSS6b = 777.3),
but on the other hand, model 12b has a higher correlation between
the parameters ln k1(Tref) and EA1/(RTref) and between ln k2(Tref)
and EA2/(RTref) compared to the other two models, see covariance
matrices in Tables S1–S3 in the Supplementary materials.

The activation energy of the methanation and water gas shift
reactions for model 12b are 74.1 kJ/mol and 161.6 kJ/mol, respec-
tively. The first value is close to the activation energy determined
under similar experimental conditions by Gardner and Bartholo-
mew et al. [9] 72–78 kJ/mol, McCarty and Wise [54] 71 kJ/mol
and Hayes et al. [26] 78 kJ/mol, which assume the hydrogenation
of adsorbed carbon as the rate-limiting step. The adsorption con-
stants of the intermediate C* and OH* species satisfy the van’t Hoff
equation; the heats of adsorption are �60.9 kJ/mol and �72.3 kJ/
mol, respectively. The value of the activation energy for the water
gas shift reaction is difficult to compare with values from the liter-
ature, as the value is a lumped parameter containing the activation
energy and the heat of adsorption of hydrogen and carbon dioxide.

A comparison between measured and calculated data shows
that for H2, the measured and calculated gas concentrations are
in excellent agreement over the whole concentration range of
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23–70 vol%. The values for CO, CO2, CH4 and H2O are also in very
good agreement, although the deviations for very small concentra-
tions (less than ca. 5 vol%) exceed a limit of ±10%. A parity plot of
the model results can be found in the Supplementary material,
see Fig. S2.

In summary, the mathematical description of the channel reac-
tor based on a one-dimensional model together with the rate equa-
tions of the models 12b, 14b, and 6b give a very good
representation of the observed experimental data. The model can
predict the concentration profiles of the different species along
the reactor for all experimental conditions with high accuracy.

4.3.2. Comparison with a 1D model including axial dispersion
Fig. 14 shows the results of the one-dimensional model, which

considers the axial dispersion in the bulk gas phase. The kinetic
parameters for that model were determined with the one-dimen-
sional model neglecting the axial dispersion as described earlier
(Eqs. (6)–(8)). Fig. 14a and b depicts the measured and calculated
Fig. 14. Measured and calculated gas concentrations for various experiments at 280, 320
experimental data, and lines are the results of a one-dimensional model considering the a
with a one-dimensional model without axial dispersion.
gas concentration profiles at 280 �C for experiment nos. 1 and 7,
respectively. Fig. 14c and d depicts the measured and calculated
gas concentration profiles at 320 �C for experiment nos. 11 and 6,
respectively. Fig. 14e and f depicts the measured and calculated
gas concentration profiles at 360 �C for experiment nos. 10 and 4,
respectively. The data from Fig. 14f were acquired on the catalyst
plate no. 3, which has only 57 mg of catalyst on the metal plate,
whereas all the other data shown were obtained on the catalyst
plate no. 1. As noted earlier, only the isothermal region of the cat-
alyst plate was modeled. Due to this fact, at 320 and 360 �C the
models start from the axial position 11 and 31 mm, respectively.
It is worth mentioning that all the kinetic parameters were deter-
mined by a one-dimensional model excluding axial dispersion, see
Eqs. (6) and (7). Nevertheless, the predicted gas concentrations
agree very well with the measured data over the wide range of
temperatures and partial pressures. In the considered isothermal
interval, the axial dispersion does not greatly influence the data
and thus does not falsify the kinetic parameters.
, and 360 �C. The symbols (d) H2, ( ) CH4, (.) H2O, ( ) CO, and ( ) CO2 refer to the
xial dispersion and including the kinetic parameters from model no. 12b determined
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4.4. Mass transfer influences

An important aspect in kinetic investigations is the mass trans-
fer influence on the concentration data and thus on the kinetic
parameters. In the catalytic plate reactor, bulk and pore diffusion
limitation may occur under certain circumstances. In the following
section, the influences of the diffusion limitation are evaluated for
280 and 360 �C (boundaries of the studied temperature range) by
choosing CO as the reference gas species, due to its lower diffusion
coefficient compared to that of hydrogen.

The Damköhler number (DaII) describes the ratio of the chemi-
cal reaction rate to the maximum mass transfer rate. However, this
requires the knowledge of the intrinsic reaction rate and of the
external effectiveness number (ge). Therefore, Carberry [68] intro-
duced a modified Damköhler number considering the observed
rate (reff) as shown in Eq. (31).

Ca ¼ ge � DaII ¼
reff

KG;i � a � cb;i
ð31Þ

Based on the one-dimensional model approach, the Carberry
number (Ca) can be directly derived from Eq. (7) as the ratio of
the observed chemical rate to the maximum mass transfer term
in which cs,i = 0, see Eq. (32). The mass transfer term is described
by a Sherwood number as discussed earlier.

Ca ¼ lch �xcat � Ri

b � Sh � Dmix;i � cb;i
ð32Þ

Fig. 15a and b shows the Carberry number for CO at 280 and
360 �C, respectively. At low temperature, no influence of bulk dif-
fusion is observed (Ca = 0.05). At 360 �C, the Carberry number
reaches values of around 0.24 and by this, the external effective-
ness factor is approximately 0.8–0.9 for reactions with reaction or-
ders between 0 and 1, as cited in [69].

A two-dimensional model without axial dispersion was solved
by applying the kinetic parameters of model no. 12b. This two-
Fig. 15. Carberry number of CO (a) for 280 and (b) for 360 �C. The gray parts
indicate the areas that were not used for the estimation of the kinetic parameters.
dimensional model yields the species concentration profiles along
both the height (y-axis) and the length (x-axis) of the channel reac-
tor. This information was used to compare the true concentration
distribution over the reactor height with the average gas concen-
tration. The mass balances for the gas phase of the two-dimen-
sional model are:

0 ¼ q � uxðhÞ �
@wi

@x
� @

@y
q � Di;mix

@wi

@y

	 

ð33Þ

The mass fraction wi can be used here equivalent to the molar frac-
tion xi as the two are connected by the ratio of the molar mass of
species i (Mi) to the average molar mass (Mav), and the total concen-
tration c is replaced in Eq. (33) by the density of the gas mixture

qav ¼ Mav
p

R � T ð34Þ

The density of the gas mixture (qav) contains the average molar
mass (Mav), while the molar mass (Mi) of the considered species is
constant and would show up in both terms of Eq. (33) and can
therefore be divided out.

The continuity equation is:

@ðqav � uavÞ
@x

¼ 0 ð35Þ

The parabolic velocity profile ux(h) is given by

uxðhÞ ¼ uav � 1:5 1� y� H=2
H=2

	 
2
 !

ð36Þ

The boundary conditions are:

initial condition x ¼ 0 wijx¼0 ¼ wi;feed

outlet condition x ¼ L @wi
@x jx¼L ¼ 0

ð37Þ

quartz glass y ¼ H @wi
@y jy¼H ¼ 0

catalyst surface y ¼ 0 q � Di;mix � @wi
@y jy¼0 ¼

P
mij � rj �Mi

ð38Þ

The average gas concentration for species i is calculated via:

xav ¼
R H

0 uxðhÞ � xi � dy
uav � H

ð39Þ

Figs. 16 and 17 show the height concentration profiles of CO at
different axial positions in relation to the calculated average gas
concentration for the same experiment at 280 and 360 �C, respec-
tively. First, it can be seen that the average CO concentration of the
profile is reached approximately 2 mm above the catalyst plate for
both cases at every axial position. The gas-sampling capillary is
placed approximately 1.5–2.3 mm above the catalyst surface (see
gray bar in Figs. 16 and 17); the gas sample taken within this vol-
ume thus represents the average gas concentration. This is a neces-
sary pre-requisite for the kinetic data acquired in this setup to be
determined with a one-dimensional model using an average bulk
gas concentration.

A further observation from the two-dimensional model is that
the difference between the concentrations at the quartz plate
and at the surface of the catalyst plate decreases along the reac-
tor axis, and increases for higher temperatures. The profiles at
360 �C at the axial position 2 and 10 mm show that the surface
concentration of CO is much lower than the bulk concentration.
This effect is correctly taken into account in the one-dimensional
model as well.

To estimate the influence of pore diffusion the Weisz modulus
W was calculated [70], which is based on the observed rates:

W ¼ g �U2 ð40Þ

W ¼ l2
ch � Ri

Deff ;i � cs;i
ð41Þ



Fig. 16. Calculated CO concentration profiles over the channel height compared to the average CO concentration (vertical line) at the axial position 2, 10, 20, and 50 mm at
280 �C.

Fig. 17. Calculated CO concentration profiles over the channel height compared to the average CO concentration (vertical line) at the axial position 2, 10, 20, and 50 mm at
360 �C. Note that the scale of the x-axis changes from graph to graph.

Fig. 18. Weisz modulus of CO (a) for 280 and (b) for 360 �C. The gray part indicates
the areas that were not used for the estimation of the kinetic parameters.
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where lch (m) is the characteristic length, Ri (mol m�3
cat s�1) the ob-

served reaction rate of species i, cS,i (mol m�3) the concentration
on the external surface of the catalyst, and Deff,i (m2 s�1) is the effec-
tive diffusion coefficient of species i in the catalyst pores. Deff is esti-
mated by

Deff ;i ¼
e
s

1
Di;mix

þ 1
DK;i

	 
�1

ð42Þ

where the Knudsen diffusion coefficient DK,i is given by [71]:

DK;i ¼ 97 � dpore

2
�

ffiffiffiffiffiffiffiffi
Tcat

Mi

s
ð43Þ

The values for the porosity and the tortuosity were set as
e = 0.57 and s = 4.0, respectively [70]. Using these equations, the
effective diffusion coefficient and Weisz moduli for each gas spe-
cies were calculated along the catalyst plate. The characteristic
length was taken as the ratio of catalyst volume to surface. The
plate was coated with catalyst particles of less than 45 lm with
a given particle sphericity /P (confidential). Thus, the characteristic
length lch is calculated as (dp � /P)/6. Since the particles are coated
onto the plate, it can be assumed that only half of the outer surface
area is directly available for the gas on average; therefore, the char-
acteristic length increases to (dp � /P)/3. Pore diffusion can be ne-
glected if the Weisz modulus W is less than 0.15 [70]. Fig. 18a
and b illustrates the Weisz modulus calculated for CO along the
catalyst plate for 280 and 360 �C, respectively.

At temperatures below 340 �C, pore diffusion can be neglected,
but above 360 �C it may have an influence on the observed rate,
especially in the first 30 mm (see the gray part of Fig. 18b). In this
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area, also the temperature hotspots due to the higher catalyst mass
occurred. By excluding the concentration data from axial positions
within the hotspot for the determination of the kinetic parameters,
the data affected by pore diffusion were excluded as well.
5. Conclusions

An extensive experimental study on the methanation and water
gas shift reaction was carried out on a commercial nickel catalyst
in a catalytic plate reactor over a wide range of temperatures
and partial pressures. By means of spatially resolved measure-
ments of the axial gas species concentrations and temperatures
along the catalyst plate, the effects of reactants (H2, CO) and prod-
ucts (CH4, H2O, CO2) on the rates were analyzed. With this tech-
nique, a significantly larger set of data for the parameter
estimation was collected than by use of a typical steady-state inte-
gral reactor with concentration measurements at the outlet only.
Reaching chemical equilibrium at the reactor outlet was not a lim-
itation for the kinetic analysis.

At temperatures above 340 �C, pore diffusion limitation may oc-
cur in the first few millimeters of the catalytically coated area;
however, by applying axial gas concentration measurements, these
data points could be safely excluded from the data set used for the
parameter estimation. It can be summarized that the applied cata-
lytic plate reactor with spatially resolved measurements is suitable
for the kinetic study of heterogeneously catalyzed reactions such
as methanation and the water gas shift reaction.

A one-dimensional reactor model including a generalized Lang-
muir–Hinshelwood rate expression was developed for the kinetic
parameter estimation performed following Bayes’ theorem. The
predicted model results are in excellent agreement with the exper-
imental data. By solving a two-dimensional model, it was shown
that the measured gas concentration reflected the average gas con-
centrations used in the one-dimensional model. Furthermore, by
solving a one-dimensional model including axial dispersion it
was shown that in the considered isothermal interval axial disper-
sion does not greatly influence the data. Thus, the simpler one-
dimensional model was sufficient to accurately estimate Lang-
muir–Hinshelwood parameters (pre-exponential factors, activa-
tion energies, and heats of adsorption) of the methanation and
water gas shift reaction. The activation energy of the methanation
reaction was 74 kJ/mol, which is consistent with values reported in
the literature determined for similar conditions.

However, with this comprehensive data set and broad range of
experimental condition, it was not possible to determine unambig-
uously the rate-limiting step for the considered reaction network.
Three kinetic model approaches (nos. 12b, 14b, and 6b) corre-
sponding to three different rate-determining steps reflected the
measured data equally well. However, all three models include
the hydrogenation of a carbonaceous intermediate as the rate-lim-
iting surface reaction. Further discrimination of the models would
require transient experiments [72] and/or spectroscopic methods
such as in situ DRIFTS [73]. An optimized version of the channel
reactor allowing higher system pressures (i.e., up to 20 barabs or
higher) would be advantageous for a better model discrimination.
Using such a setup, a series of experiments with constant feed gas
composition but at different total pressures could be conducted.
This would allow the dependencies on the total pressure of the dif-
ferent kinetic models to be investigated.
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